In this paper attempts are made to address how bubble behaviour in a batch oscillatory baed column (OBC) contributes to the overall measured enhancement in mass transfer. A CCD camera is used to measure the bubble size distribution and the gas hold-up in the OBC. The experimental results of Sauter mean diameter and gas hold-up are correlated as a function of the power dissipation and supercial gas velocity, in order to allow for comparisons with published correlations for the mass transfer coecient. In general, an increase in the oscillatory velocity causes an increase in the hold-up and a decrease in the Sauter mean diameter. Furthermore, we are able to show that the changes in the gas hold-up contribute more than the mean bubble size to the control of the mass transfer coecient. ?
Introduction
Gas-liquid contact systems are widely employed in Chemical and Biological processes. Gas-sparged stirred tanks, bubble columns and airlift columns are the most commonly used devices for enhancing gas-liquid mass transfer. The oscillatory baed column (OBC) is a relatively new mixing device and has recently been studied in gas-liquid applications (Hewgill, Mackley, Pandit, & Pannu, 1993; Ni, Gao, Cumming, & Pritchard, 1995) . The OBC is based on the methodology of superimposing periodic uid oscillations onto a cylindrical column containing evenly spaced orice baes. For batch operations, such a column is usually operated vertically. Fluid oscillation is achieved by means of a piston or bellows at the base of the column, or by moving a set of baes up and down the column. The ow passing the baes induces vortices, which provide intensive radial motion within the column. It is the strong radial velocity of similar magnitude to the axial velocity that gives uniform mixing in each inter-bae zone and cumulatively along the length of the column (Brunold, Hunns, Mackley, & Thompson, 1989; Mackley & Ni, 1991 . The uid * Corresponding author. Tel.: +44-131-4513781; fax: +44-131-4513077.
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mechanical conditions in a batch OBC are governed by two dimensionless groups, i.e. oscillatory Reynolds (Re o ) and Strouhal number (St), dened as
where D is the column diameter (m), the uid density (kg m −3 );the uid viscosity (kg m s −1 );x o the oscillation amplitude (m), ! the angular frequency of oscillation (= 2f) and f the oscillation frequency (Hz). The oscillatory Reynolds number describes the intensity of mixing applied to the column, while the Strouhal number is the ratio of column diameter to stroke length, measuring the eective eddy propagation (Ni & Gough, 1997) .
Using the quasi-steady approach proposed initially by Jealous & Johnson (1955) the time-averaged power density in an OBC can be estimated by
where P=V is the time-averaged power density (W m −3 ); N b the number of baes per unit length (m −1 );C D the orice discharge coecient (taken as 0.7 for this type of constriction, Perry & Green, 1984) , the bae free cross-sectional area dened as D o =D and D o the bae orice diameter (m). In addition to the external power supplied to the OBC, the specic power dissipation due to rising gas bubbles in a gas-liquid system should also be considered. This term was originally suggested by Calderbank, Evans, and Rennie (1960) as
where U g is the supercial gas velocity (m s −1 ) and g is the gravitational constant (m s −2 ). In gas-liquid systems the overall time-averaged power density is thus the sum of the two terms:
The use of pulsation to enhance gas-liquid mass transfer has been reported previously, see for example, Baird and Garstang (1972) , Baird and Rama Rao (1988) , but only recently was this type of study extended to an OBC. The overall gas-liquid volumetric mass transfer coecient, k L a, in an OBC was found to be six times higher than that in a bubble column (Hewgill et al., 1993) and 75% higher than that in a stirred tank fermenter involving a yeast culture (Ni et al., 1995) . However, no attempt was made in these studies to identify which characteristics of the gas phase in the OBC provided such enhancements in the mass transfer rate. In an OBC, bubbles go through continuous breakage and coalescence processes along the column and stay in each baed cell longer due to the motion of vortices as compared with a bubble column. We expect that both the bubble size and bubble mean residence time would contribute to the measured mass transfer enhancement. The mean residence time of the bubbles in the OBC can however be assumed to be proportional to the gas hold-up, G . In this paper we report our experimental studies of bubble size distribution and gas hold-up in an OBC with the view of identifying mass transfer contributions.
Experimental facilities and procedure

Experimental apparatus
A schematic diagram of the apparatus is shown in Fig. 1 . The OBC consists of a 50 mm internal diameter and 1:5 m tall Perspex column. The column was anged vertically onto a metal table and supported by four rods in order to minimise external mechanical vibrations. The column was operated at room temperature with the top open to atmosphere and was lled with 2:5 l of tap water. A set of 14 orice baes was used with the baes being made of 2 mm thick polyethylene plate and designed to t closely to the wall of the column. The baes were equally spaced at 75 mm apart (1.5 times the tube internal diameter) and supported by four 2 mm diameter stainless steel rods. The orice diameter is 24 mm, giving a 23% free cross-sectional area. The liquid oscillation was achieved using a stainless steel bellows mounted at the base of the OBC and driven by an inverter connected to an electrical motor. The oscillation frequencies, from 1 to 5 Hz, can be controlled using a speed controller. The oscillation amplitudes, of 2-8 mm centre-to-peak, were obtained by adjusting the o-centre position of the connecting rod in the ying wheel. Air was continually supplied at the base of the column via a 1 mm nozzle. The airow rate was controlled by a valve and measured by a calibrated rotameter. Aeration rates range from 0:05 to 0:3 vvm, where vvm is the volume of air per volume of liquid per minute. Table 1 shows the conversion between the aeration rates expressed in terms of vvm and the supercial gas velocities and Table 2 summarises the range of operational variables examined in this work. Flow visualisation was carried out using a CCD camera (Jai CV-M1) at two locations along the column as shown in Fig. 1 ; near the base of the column where the injection takes place and at approximately 650 mm away from the base of the column. The CCD camera has a resolution of 1000 × 1000 TV lines and a maximum shutter speed of 1=10000 s. The column sections for the ow visualisation were encased with a square viewing box lled with water to eliminate eects of wall curvature. Bubble images were obtained using the CCD camera operated at a shutter speed of 1=3000 s and placed at approximately 0:3 m away from the centre of the column. Back-illumination was provided by oodlights masked with a semi-transparent paper. The images were acquired using VidPIV 4.0 Rowan and processed using AEQUITAS-IA (version 1.3) image analysis software. By measuring bubbles' projected area, a proj , the equivalent circular diameters, d eq (diameter of a circle having the same area as the projected area of the bubble), were calculated according to
The bubble size distribution (BSD) curves are generated by the bubble number fraction vs. d eq and the Sauter mean diameter, d 32 , can also be calculated via
where n i is the number of bubbles with size d eq i . Sample size and repeatability tests were carried out and a minimum of 300 bubbles were selected to obtain a representative BSD.
Gas hold-up
The gas hold-up was measured by recording the changes in the liquid height in the OBC using a CCD camera together with a ne scale xed on the column. The procedure involves measuring the liquid level, h 0 , at the top of the column without the presence of gas and the corresponding level, h, when gas is continuously introduced at a given ow rate. The hold-up is calculated from
Bubble size distribution and Sauter mean diameter
The application of oscillatory motion to a baed column induces signicant modications in bubble trajectories, resulting in a complex liquid-bubble mixing pattern. This pattern is highly aected by the Re o and St. At low oscillatory Reynolds numbers bubbles are seen to mainly move upwards, but as the level of oscillation is increased bubbles start to move downwards in certain phases of the oscillation cycle, exploring all the regions of the baed-cells. At very intense levels of oscillation, rising bubbles are trapped within each cell for several seconds. The uid oscillation in the presence of baes also makes breakage and coalescence of bubbles become regular events in each baed cell. The bubble size distribution proles evidencing the frequency eect are captured in Fig. 2 , where the bubble number fraction is dened as Number fraction = n i n i :
The increase in the oscillatory Reynolds number via the oscillation frequency gave narrower BSD and reduced the mean bubble size. This is expected as the increase in the oscillation velocity causes an increase in the power density to the system, subsequently resulting in smaller bubbles. Fig. 3 shows the eect of the operating conditions on the Sauter mean bubble diameter, where d 32 is plotted as a function of the oscillation Reynolds number, Re o ; for three aeration rates. For low oscillatory Reynolds numbers, oscillation has little eect on the mean diameter, and the supercial gas velocity is the dominating factor. This can be seen as the mean bubble size is higher at higher aeration rates. The observations are within our expectations since, as the density of bubbles increases with the increase of U g , more bubble coalescence is expected. For high oscillatory Reynolds numbers, more turbulence prevails within the OBC at increased power dissipation in the system, consequently the mean bubble diameter is signicantly reduced. In these cases, the eect of supercial gas velocity is hindered and the oscillation becomes the dominating factor.
From the above discussion, it is clear that both the power density and aeration rate aect d 32 . In analogy to the mass transfer coecient, we anticipate that d 32 will have a similar power law relationship with the time-averaged power density and the supercial gas velocity as 
The correlation indicates that on the control of d 32 the supercial gas velocity plays a more signicant role than the oscillation intensity. Fig. 4 compares the measured Sauter mean diameter values with those predicted using the correlation and the average and maximum relative errors were ±15% and ±33%, respectively.
Gas hold-up
The gas hold-up studies were carried out in the presence of both baes and oscillation. The measurements of G as a function of the oscillatory Reynolds number are plotted in Fig. 5 . There are generally two patterns that can be observed: at low oscillatory Reynolds numbers the changes in hold-up are very small, but at high oscillatory Reynolds numbers G increases with the increased oscillation intensities. For the latter case, the oscillatory motion causes increased breakage, resulting in more of small and tiny bubbles from the experimental observations, hence longer residence times and higher hold-ups in the column. At a given oscillatory Reynolds number, the gas hold-up again increases with the increase of the aeration rate.
Once again, we assume the similar power law relationship between G ;U g and P=V . By best tting the hold-up data, we have
The correlation again conrms the dominant eect of the supercial gas velocity over the oscillation intensities. Fig. 6 compares the measured hold-up values with those predicted using Eq. (12), and the relative mean and maximum errors are ±13%, and ±55%, respectively. 
Mass transfer coecient
Having established the correlations of d 32 and G with the supercial gas velocity and power density in the OBC, we can now determine the contributions of d 32 and G to k L a. To do that, we use, as the starting point, the correlation of k L a proposed by Ni and Gao (1996) , as this was obtained using a similar geometric design and gas distributor. The correlation for k L a was reported as k L a =0:0256U 0:37
for the operating conditions shown in Table 2 . It should be noted that the denition of P=V used by Ni and Gao (1996) did not take into account the power due to aeration. However, their oscillation ranges were relatively high and under those conditions the power due to the oscillation was the dominating component. Consequently, the errors between the two power densities are relatively small. Combining Eqs. (11) - (13) together with dimensional analysis, we obtain the following:
This correlation shows that both bubble size and hold-up contribute to the k L a enhancement, with a signicantly larger contribution from the gas hold-up. It is the combination of smaller bubbles with the tortuous routes for bubbles to travel (higher G ) that promotes the enhanced mass transfer.
Conclusions
In this paper, we have reported our extensive experimental measurements of bubble size distributions and gas hold-up in an OBC. The results have led us to identify the individual contribution of the bubble mean diameter and gas hold-up to the overall mass transfer coecient. In the OBC, the changes in the gas hold-up play a more signicant role than the changes in the mean diameter but it is the combination of smaller bubbles with longer residence times that resulted in the measured mass transfer enhancement. 
Notation
